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A simulation model for the development of the optimal decoking procedure of a steam
cracker is constructed. It is based on experimental data for the process gas side coke
combustion with oxygen and the process gas side coke gasification with steam, using coke
samples taken from an industrial steam cracker. The texture changes of the coke during
the combustion and gasification are accounted for. Different kinetic models are combined
with a coke porosity model and different gas–solid reaction/diffusion models. The model
parameters are estimated from the experimental data and model discrimination is per-
formed. For the coke combustion the kinetic model is based on the dissociative chemi-
sorption of oxygen on the active coke sites, whereas a general gas–solid reaction/diffusion
model is required. The growth of the pores and the overlap of the pores during the coke
combustion are found to compensate each other. For the coke gasification, the kinetic
mechanism is based on the dissociative chemisorption of steam, whereas a uniform
gas–solid reaction/diffusion model is used. © 2005 American Institute of Chemical Engineers
AIChE J, 51: 1415–1428, 2005
Keywords: coke combustion, coke gasification, steam cracking, kinetic model, reaction/
diffusion model

Introduction

Thermal cracking of hydrocarbons to olefins is an endother-
mal process carried out in tubular reactor coils suspended in
large gas-fired furnaces. Undesired side reactions during the
thermal cracking process result in the formation of coke on the
internal tube skin of the reactor coils. The growing coke layer
results in a growing pressure drop over the reactor coil, which
negatively influences the ethylene selectivity of the cracking,
and in a higher heat transfer resistance requiring more furnace
firing and higher external tube skin temperatures to maintain
the process gas conversion. Finally, the furnace is taken out of
production to remove the coke layer by a controlled burning
with a mixture of steam and air. The decoking process is a very
sensitive process: local peaks in tube skin temperatures can
result in tube damage. Although rigorous simulation software

is available to calculate the cracking process1-4 and the corre-
sponding coke formation,5-10 simulation models to describe the
decoking process are less detailed and do not allow optimiza-
tion of the decoking procedure of a thermal cracking unit. In
this paper an accurate and detailed model is developed and
presented, based on extended experimental work and on de-
tailed models describing the gas–solid reaction kinetics, the
solid-phase changes during reaction, the diffusion of the gas
components through the pores of the coke layer, and the
diffusion of the components through the laminar layer between
the coke layer and the turbulent process gas bulk flow.

To be able to select an accurate model to describe the
gas–solid interaction, a physicochemical characterization of the
coke formed during the thermal cracking process is needed.
This not only will lead to more complete insight into the
complex phenomena and mechanisms of the coke formation,
but will also be of use for the description of the different
reactions taking place during the decoking process. It is im-
portant to realize that the activity of the coke in the presence of
oxygen and steam is determined, not only by the reaction
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conditions such as temperature and partial pressures, but also
by the porosity of the coke, possibly by the metals content of
the coke, and by their evolution during the decoking process. In
particular, the porous structure will directly influence the de-
coking rate because oxygen and steam have to diffuse through
the pores of the coke and consequently react at an active site on
the internal coke surface area. Furthermore, because of the
consumption of the coke in the decoking reactions, the porous
structure of the coke will change continuously. A complete
decoking model has to take into account all these phenomena.

An experimental setup is developed to study the decoking
process. The combustion of coke with oxygen, on the one hand,
and the gasification of coke with water vapor, on the other
hand, are studied separately. This is necessary because there is
a large difference in reaction rate of both decoking reactions.
Different kinetic models are combined with a coke porosity
model and with different gas–solid reaction/diffusion models.
The model parameters are estimated from the experimental
data and a model discrimination is performed.

Experimental
Physicochemical characterization of the coke

The experimental work is carried out with coke from an
industrial ethane cracking furnace that had an emergency shut-
down after 25 days of operation. The coke samples are taken
from the last U-turn of the reactor coil near the bottom of the
furnace. Previous work11-14 has shown that the thickest coke
layer is formed at that position because the tube skin temper-
atures reach their highest values in the last U-turn. The coke
layer samples used in this work are 5.5 mm thick.

During the experimental research, a distinction is made
between the coke formed directly on the internal tube skin
(tube metal side coke) and the coke formed at the process gas
side (process gas side coke).

The morphology of the coke is studied using scanning elec-
tron microscopy (SEM) and X-ray diffraction (XRD). The
chemical composition of the coke is determined using energy-
dispersive analysis of X-rays (EDAX). The textural character-
ization (that is, porosity, internal pores surface area, density,
etc.) of the coke is done with adsorption and desorption mea-
surements of liquid N2, Hg-porosimetry, and picnometry. SEM
shows that the tube metal side coke and the process gas side
coke have a different morphology. The tube metal side coke
mainly has the form of filaments or globes; the process gas side
coke has a porous, layered structure. This corresponds with the
observations of Bennett and Price,15 Kim et al.,16 and Albright
and Marek.17-19

The XRD study of the coke reveals that the tube metal side
coke has a more crystalline structure and is more graphitized
than the process gas side coke. This is attributed to the graph-
itizing process as described by Marchand.20 The XRD results
correspond with those of Bennet and Price,15 Jackson et al.,21

and Marchand.20

From EDAX measurements, it is found that process gas side
coke contains negligible amounts of metals and inorganic im-
purities. The tube metal side coke, especially the filaments,
contains a large amount of metals, corresponding with the
filament-growing mechanism as reported by Baker et al.,22,23

Bernardo and Lobo,24 and Figueiredo.25 For further details on
coke formation mechanisms and kinetics, reference is made to

Lahaye et al.,26 Kopinke et al.,5,6 Reyniers et al.,7 Wauters and
Marin,8,9 and Van Speybroeck et al.10

The results on the texture study are summarized in Table 1
and compared with the results of Bennet and Price15 and
Trimm.27 A porosity of 0.1 mf

3 mp
�3 corresponds with the

values determined from the SEM study. The coke is found to
be macroporous. The amount of meso- and micropores is
negligible.

Procedure and data

Equipment. The kinetic data were obtained with the exper-
imental setup presented in Figure 1. In an industrial thermal
cracking process, tubular reactors working under integral con-
ditions are used. Such a reactor type is not particularly suitable
for a kinetic study because of the temperature and pressure
profile along the reactor, resulting in the measurement of
averaged decoking rates only.

An experimental recycle reactor operating under conditions of
complete mixing is constructed primarily for the study of the
combustion of process gas side coke with oxygen. The same setup
is used for a separate, but limited, study of the gasification of
process gas side coke with steam. From the experimental study of
Bennett and Price28 it was found that the steam gasification of
coke becomes significant only at temperatures � 850°C. At that
temperature the combustion rate of coke is extremely high. The
experimental study in this work shows that the steam gasification
of coke slowly starts at temperatures � 880°C. Because the
experimental setup was not developed to withstand such high
temperatures, only very few steam gasification experiments are
conducted. The following discussion of the procedure and data is
done from the perspective of the combustion experiments. An
analogous discussion can be developed from the perspective of the
gasification experiments.

A limited number of experiments are done with tube metal
side coke; they are not used to determine the decoking kinetics.

The coke samples from the industrial cracking unit are
fractured into particles with a diameter of 1 to 1.2 mm. For
a combustion experiment, 60 to 200 mg of particles are put
in a small basket that is suspended on the arm of an elec-
trobalance, allowing a direct and continuous measurement
of the coke mass in the basket as a function of time. The
process gas is continuously recycled and the recycle-to-feed
flow ratio is maintained sufficiently high to establish com-
plete mixing. The decoking reaction progresses at a unique
concentration level (that is, the composition of the outlet
flow) while isothermal conditions are attained. Step-re-
sponse experiments are performed to determine the influ-
ence of different operation conditions [rotor speed (rpm),
inlet feed flow, composition of process gas, and reaction
temperature] on the presence or the absence of complete
mixing in the reactor. It was established that the rotor speed

Table 1. Textural Characterization of Porous Layer Coke

Parameter
Porous Layer
(This Work)

Bennet and Price
(1981)

Trimm
(1977)

pt,0 (kg C0 ms
�3) 1860 1870 1880

�p,0 (kg C0 mp
�3) 1675 1664 1560

Sm,0 (ms
2 kg C0

�1) 350 140 2300
�s,0 (mf

3 mp
�3) 0.10 0.12 0.17
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should be �9000 rpm, the coke sample mass in the basket
�100 mg, and the O2 conversion level limited to 75% to
have complete mixing, as discussed more extensively in the
following paragraph. High coke conversion and high reac-
tion temperatures are possible while the consumption of
gases is low. The process gas velocity is sufficiently high to
allow neglecting of external mass and heat transport limita-
tions, as will be shown.

Data Acquisition and Parameter Estimation. The reactor
effluent is analyzed with a Chrompack CP9001 gas chromato-
graph with a TCD detector. Two channels are used. In the first

channel He is used as the carrier gas and CO2, C2H6 (internal
standard), O2, N2, CH4, and CO are determined. In the second
channel Ar is used as a carrier gas and H2 and He are detected.
The analysis of a gas sample takes about 25 min.

One experiment takes from 7 to 12 h and the number of
analyses per experiment varies between 8 and 15. The mass of
the coke in the basket is measured every second. The total
number of experiments amounts to 37 for the combustion of
process gas side coke with oxygen and two for the gasification
of process gas side coke with steam.

The calibration factors for the different components i are

Figure 1. Experimental setup.
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calculated using a reference component (N2), and using differ-
ent calibration mixtures, as follows:

CFi �
wi

wref

Aref

Ai
(1)

The conversion of the coke at a given time is calculated from

XC�t� �
WC,0 � WC�t�

WC,0
(2)

for the process gas side coke.
The total coke combustion rate, based on the initial coke

mass in the basket, is calculated from

RC�O2�t� �
dXC�t�

dt
� �

1

WC,0

dWC�t�

dt
(3)

The specific coke combustion rate, based on the actual coke
mass in the basket at a given time t, is calculated from

R�C�O2�t� �
1

1 � XC�t�

dXC�t�

dt
� �

1

WC�t�

dWC�t�

dt
(4)

The mass flow rate of each component in the reactor effluent is
calculated from

ṁi�t� �
CFi

CFC2H6

Ai�t�

AC2H6�t�
ṁC2H6 (5)

The use of the internal standard ethane enabled us to calcu-
late the outlet flow rates and to verify the total mass balance for
each experiment. The molar flow rates are determined from the
mass flow rates:

Fi�t� �
ṁi�t�

Mi
(6)

The oxygen consumption rate is then calculated from

FO2,0 � FO2�t� � RO2�t�WC,0 � Vr

dCO2�t�

dt
(7)

whereas the rate of formation of component i is given by

�Fi�t� � Ri�t�WC,0 � Vr

dCi�t�

dt
(8)

with

Ci�t� �
pi�t�

RT
�

Fi�t�

¥i Fi�t�
pt (9)

The accumulation contribution in the right-hand side of Eqs.
7 and 8 was found to be negligible: the gas phase concentra-

tions almost immediately adapt to the gas–solid reactions in the
coke particle. The consumption rate of oxygen is calculated
from

RO2 �
FO2,0 � FO2�t�

WC,0
�

FO2,0

WC,0
XO2�t� (10)

and the reaction rate can be explicitly determined from the
measured conversion. From the rates of formation of CO and
CO2, the selectivity is calculated from

Si�t� � �
Ri�t�

RO2�t�
(11)

When determining the range of operating conditions for the
experiments, the possibility of transport limitations during the
experiments has to be examined and, if needed, accounted for.
The global rate of coke combustion equals the intrinsic rate of
coke combustion only if there are no transport limitations.
Therefore, the reaction conditions at which transport limita-
tions occur are examined. For the external transport limitations,
both experimental and theoretical assessments were performed.
Internal transport limitations were evaluated only theoretically.

The experimental verification on external transport limita-
tions was performed by varying the rotor speed. A higher rotor
speed gives a thinner laminar boundary layer around the coke
particles in the basket and thus a lower resistance against mass
and heat transfer. A rotor speed of 9000 rpm is found to be the
critical value for transport limitations. A theoretical calculation
of the concentration and temperature drop over the laminar film
at 9800 rpm, with the mass transfer coefficient calculated from
the Sherwood number determined with an empirical correlation
for a packed bed,29,30

Sh � 2 � 1.1Re0.6Sc0.33 (12)

and the heat transfer coefficient calculated from a Nusselt
number based on an empirical correlation for a packed bed31

Nu � 2 � 1.1Re0.6Pr0.33 (13)

resulted in �Cfilm 	 0.0059 mol mf
�3 and �Tfilm 	 4.6 K. These

differences are negligible under the given operating conditions.
For the theoretical verification on the absence of internal

mass transport limitations, use was made of the Weisz–Prater32

criterion:


 �
RO2�p,0L0

2

De,O2�CO2�s
s ��1 (14)

The calculation of the effective diffusivity of the oxygen in the
pores is discussed in the modeling section. It is found that, for
temperatures � 580°C, there are no internal mass transport
limitations, regardless of the diameter of the pores. With rising
temperature, the net consumption rate of oxygen is gradually
influenced to a greater degree by the diffusion of oxygen
through the pores. From 650°C on, mass transport limitations
are to be accounted for in all pore sizes. The maximal internal
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temperature gradient over the coke particles is calculated
from33

�Tmax �
(��H)De,O2CO2

�C
(15)

At 740°C, the calculated temperature difference over the par-
ticle is �0.01°C. It is concluded that internal heat transfer
limitations need not be accounted for under the given operating
conditions.

A last criterion that is used when determining the range of
operating conditions is confirmation of complete mixing at all
operating conditions. From Figure 2 it follows that the oxygen
conversion during the experiments does not reach 100%. This
is explained by the finite recycling rate and a limited bypass of
the basket containing the coke particles in the recycle reactor.
By limiting the oxygen conversion to about 75%, complete
mixing during the experiments is guaranteed. The investigated
range in experimental conditions for the process gas side coke
combustion is summarized in Table 2.

Parameter estimations are performed using a Levenberg–
Marquardt algorithm incorporated into an in-house written
code.34 The sum of squares of the difference between the
observed and the calculated coke conversion is minimized by
adjusting the model parameter vector b� , which is expected to
approach the real parameter vector �� when the optimum is
reached:

SSQ � �
i	1

n �
j	1

mi

�XC,ij�t� � X̂C,ij�t��2 ¡
b�

MIN (16)

where n is the number of experiments and mi is the number of
sample measurements for experiment i.

The statistical significance of the global regression is ex-
pressed by means of the so-called F-test, which is based on the
comparison of the calculated sum of squares of the calculated
response value and the residual sum of squares (SSQ). A high
F-value corresponds with a high significance of the global
regression. The parameter estimates are also tested for statis-
tical significance on the basis of their individual t-values,
which are related to the sensitivity of the model calculations on

the values of the individual parameters. A high t-value corre-
sponds with a high sensitivity and, thus, a high significance or
a narrow (95%) approximate individual confidence interval for
the corresponding parameter.

Model Construction

As discussed earlier in the introduction, the combustion and
the gasification of coke are examined and modeled separately.

Coke combustion

The experimental data provide information on the overall
combustion rate of the coke particles, which is determined by
the intrinsic combustion rate of oxygen on the active carbon
sites situated on the internal coke surface, on one hand, and by
the mass transport of oxygen and the combustion products in
the pores of the coke particle, on the other hand. To describe
this mass transport through the pores, the internal mass diffu-
sion limitations have to be modeled as well. For the intrinsic
combustion rate of oxygen, three kinetic models are proposed.
They are combined with three gas–solid reaction/diffusion
models: a uniform, a heterogeneous, and a general model.
Typical partial pressure profiles are presented in Figure 3. The
change of the pores during the combustion is incorporated by
introducing a texture model.

During combustion, the coke particles react with oxygen to
form carbon oxide and carbon dioxide according to the follow-
ing heterogeneous gas–solid reactions:

C �
1

2
O2 3 CO (17)

C � O2 3 CO2 (18)

The carbon oxide reacts to carbon dioxide according to the
homogeneous gas phase reaction:

CO �
1

2
O2 3 CO2 (19)

By means of the Boudouard reaction, carbon dioxide reacts
with coke to form carbon oxide:

C � CO2 7 2CO (20)

The latter reaction is much slower than the combustion reac-
tions and can be ignored in the modeling of the coke combus-
tion. Typical profiles for oxygen, carbon oxide, and carbon
dioxide are given in Figure 4. These profiles are consistent with

Table 2. Range of Experimental Conditions for Coke
Combustion Experiments

N (rpm) 9500–9800
WC,0 (10�6 kg C0) 60
T (°C) 650–740
WC,0/(FO2

)0 (kg C0 s mol�1) 27–91
(pO2

)0 (kPa) 2.1–8.5
XO2

(%) �75
F� (N � �L s�1) �1000

Figure 2. Oxygen conversion as a function of space–
time at 800°C.
XC 	 0.2, (pO2)0 	 4.5 kPa.
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the following reaction network: the coke combustion mainly
proceeds through reaction 18, whereas the small amount of
carbon oxide formed through reaction 17 directly reacts ac-
cording to reaction 19. From this, it follows that

RO2 � RCO2 �
RC�O2

MC
(21)

which is confirmed in Figure 5.
The total and specific combustion rates, as a function of coke

conversion, are shown in Figure 6. These rates are influenced
by diffusional limitations in the pores and represent global, not
intrinsic, rates. The evolution of both curves in Figure 6 is a
consequence of the textural changes of the porous coke parti-
cles during combustion. Textural parameters, such as porosity,
specific surface area, and pore diameter distribution, change
during the combustion of the coke, resulting in a changing
number of active carbon sites. This is confirmed by SEM

measurements. The pores grow with rising conversion, result-
ing in an increase of the total internal pores surface area and of
the number of active carbon sites. On the other hand, the SEM
measurements also show that the growth of the pores results in
overlap of the pores, giving a reduction of the total internal
surface area and of the number of active sites. From the
maximum in the total combustion rate profile in Figure 6, it can
be concluded that the latter phenomenon dominates from a
coke conversion of 20% on. The measured profiles are typical
for gas–solid reactions with diffusional limitations in the pores
of the solid material, such as coke combustion.35 The textural
changes mainly occur in a reaction zone, moving gradually
through the solid as a function of time. Because the evolution
of the internal surface area of the pores was not determined
independently in this research, a texture model was incorpo-
rated in the model equations used for the regression of exper-
imental data. Furthermore, from the smoothness of the profiles
shown in Figure 6, it can also be concluded that fracture of the
coke particles does not occur during the experiments.

Figure 3. Oxygen particle pressure profiles of gas–solid reaction/diffusion models.
(a) Uniform model vs. heterogeneous model; (b) general model.

Figure 4. Partial pressure profiles in reactor effluent as a
function of coke conversion in coke combus-
tion.
T 	 700°C, (pO2)0 	 4.5 kPa, WC,0/(FO2)0 	 38.5 kg C0 s
mol�1.

Figure 5. Rate of combustion/formation of oxygen,
coke, and carbon dioxide as a function of coke
conversion in coke combustion.
T 	 700°C, (pO2)0 	 4.5 kPa, WC,0/(FO2)0 	 38.5 kg C0 s
mol�1.
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Texture Model. The incorporation of a texture model pro-
ceeds along the following lines. The specific combustion rate
of the coke is calculated from

R�C�O2�t� �
1

1 � XC�t�

dXC�t�

dt
� f� pO2, T�Ct�XC� (22)

whereas the total combustion rate is then determined by

RC�O2�t� �
dXC�t�

dt
� f� pO2, T�Ct�XC��1 � XC�t�� (23)

The specific number of active carbon sites is calculated from

Ct�XC� � ��XC�Sm�XC� (24)

transforming Eq. 22 into

R�C�O2�t� �
1

1 � XC�t�

dXC�t�

dt
� � f� pO2, T�Ct,0�

��XC�Sm�XC�

�0Sm,0

(25)

Given that the graphitizing process of coke is much slower
than the decoking run time of a cracker unit,36 the degree of
graphitization of the coke, and thus the number of active coke
sites per unit surface area, is assumed to remain constant during
the coke combustion:

R�C�O2�t� �
1

1 � XC�t�

dXC�t�

dt
� � f� pO2, T�Ct,0�

Sm�XC�

Sm,0
(26)

Furthermore

Sm�XC� �
SV�XC�

�p�XC�
�

SV�XC�

�t,0�1 � �s,0��1 � XC�
(27)

and, in particular, at the start of the decoking operation

Sm,0 �
SV,0

�p,0
�

SV,0

�t,0�1 � �s,0�
(28)

resulting in

Sm�XC�

Sm,0
�

1

1 � XC

SV�XC�

SV,0
(29)

Finally, by combining the above equations, the total com-
bustion rate is expressed as

RC�O2�t� �
dXC�t�

dt
� � f� pO2, T�Ct,0�

SV�XC�

SV,0
(30)

The contribution SV(XC)/SV,0 can be determined directly when
a heterogeneous gas–solid reaction/diffusion model (Figure 3)
is used. With this heterogeneous model, the coke only reacts at
the outer particle surface and

SV�XC�

SV,0
� � dp

dp,0
� 2

(31)

for spherical particles. Taking into account

XC�t� � 1 �
WC�t�

WC,0
� 1 � � dp

dp,0
� 3

(32)

Equation 31 is transformed into

SV�XC�

SV,0
� �1 � XC�t��2/3 (33)

When a uniform or a general gas–solid reaction/diffusion
model (Figure 3) is used, the coke reacts in the entire particle
and the contribution SV(XC)/SV,0 is calculated from a texture
model.

Different types of texture models are available in literature.
Grain models were reported by the following investigators:

Szekely and Evans37,38; Sohn and Szekely39,40; Park and Lev-
enspiel41; Szekely and Propster42; Adschiri and Furusawa43;
Adschiri et al.44; and Sotirchos.45

Pore models or capillary models were reported by Pe-
tersen,46 Hashimoto and Silveston,47 Simons and Finson,48 and
Simons.49,50 Bhatia and Perlmutter51 and Gavalas52 reported,
independently, the pore model that is used in this work:

SV�XC�

SV,0
� �1 � XC��1 � 
 ln�1 � XC� (34)

introducing a single texture parameter 
:


 � 4	
Lm,0

Sm,0
2 �t,0

(35)

This model is mathematically derived based on the assump-
tions that the pores are cylindical, are randomly scattered, have

Figure 6. Total and specific rate of coke combustion as
a function of coke conversion.
T 	 700°C, (pO2)0 	 4.5 kPa, WC,0/(FO2)0 	 38.5 kg C0 s
mol�1.
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a random pore size distribution, grow with a constant rate, and
are all accessible. The volume of the particle is assumed to
remain invariant during the reaction and the particle is assumed
to be isothermal.

Other pore models were reported by Sotirchos45 and Delik-
ouras and Perlmutter.53,54

A third type of pore model constitutes the percolation mod-
els,55,56 introduced by Shah and Ottino,57 Fuertes and Mar-
ban,58 and Marban and Fuertes.59

Kinetic Model. Several reaction mechanisms and corre-
sponding reaction kinetics for coke combustion have been
reported in literature.

A first group of mechanisms is based on the dissociative
chemisorption of oxygen on the active carbon sites. The sim-
plest mechanism was presented by Laine et al.60:

Cfs �
1

2
O2O¡

ka,d,O2

C�O� (36)

C�O�O¡
ksr,d,O2

CO � Cfs (37)

Oxygen is chemisorbed in a dissociative manner. The chemi-
sorption is irreversible and a semiquinon group is formed. The
corresponding kinetic expression is deduced under the assump-
tion that the specific number of active carbon sites at a given
coke conversion is constant. This specific number of active
carbon sites is obtained by summing up the free active coke
sites and the number of surface intermediates:

Ct�XC� � Cfs � C�O� (38)

Furthermore, the pseudo-steady state is assumed for the surface
intermediates, resulting in

R�C�O2�t� �
ka,d,O2�pO2 Ct�XC�

1 �
ka,d,O2

ksr,d,O2

�pO2

(39)

Other mechanisms based on the dissociative chemisorption
of oxygen were reported by Blyholder and Eyring,61 Lauren-
deau,62 Chen et al.,63 and Li et al.64 The latter mechanisms have
a different degree of sophistication. Some consider, for in-
stance, the migration of adsorbed species over the coke surface.

A second group of mechanisms is based on the molecular
chemisorption of oxygen with the formation of unstable
semiquinon groups. Such a mechanism was introduced by
Essenhigh65 and Walker et al.,66 as follows:

Cfs � O2O¡
ka,m,O2

C�O2� (40)

C�O2�O¡
ksr,m,O2

CO2 � Cfs (41)

Under the same assumptions as described above, the corre-
sponding specific rate equation becomes

R�C�O2�t� �
ka,m,O2pO2Ct�XC�

1 �
ka,m,O2

ksr,m,O2

pO2

(42)

A similar mechanism, but considering surface migration as
well, was considered by Du et al.67,68

A third group of mechanisms considers both types of oxygen
chemisorption,66 leading to

R�C�O2�t� �
�ka,d,O2�pO2 � ka,m,O2pO2�Ct�XC�

1 �
ka,d,O2

ksr,d,O2

�pO2 �
ka,m,O2

ksr,m,O2

pO2

(43)

The rate equations for all the proposed mechanisms can
finally be grouped into three model categories.

(1) Model I: Dissociative oxygen chemisorption

R�C�O2�t� �
k1�pO2 Ct�XC�

1 � k2�pO2

(44)

(2) Model II: Associative oxygen chemisorption

R�C�O2�t� �
k3pO2Ct�XC�

1 � k4pO2

(45)

(3) Model III: Dissociative and associative oxygen chemi-
sorption

R�C�O2�t� �
�k1�pO2 � k3pO2�Ct�XC�

1 � k2�pO2 � k4pO2

(46)

In these models, the activation energy and the preexponential
factors are to be estimated from the experimental data, together
with the texture parameter 
, when the texture model Eq. 34 is
needed, that is, when the uniform or general gas–solid reaction/
diffusion model is applied.

Parameter Estimation and Model Discrimination. The pa-
rameter estimation using Eq. 16 requires the calculation of the
coke conversion arising from combustion:

dX̂C�t�

dt
� RC�O2�t� � R�C�O2�t��1 � X̂C�t�� (47)

with the total combustion rate given by Eq. 30, using Eq. 33 or
Eq. 34 to determine the textural changes, and using the specific
combustion rate calculated with one of the models expressed in
Eqs. 44, 45, and 46.

The parameter estimation proceeds following two consecu-
tive steps.

To obtain good initial parameter estimates in the first of the
two consecutive steps, the kinetic model is combined with
(Figure 3)

● a uniform gas–solid reaction/diffusion model
● a heterogeneous gas–solid reaction/diffusion model

1422 AIChE JournalMay 2005 Vol. 51, No. 5



When the uniform model is used, internal diffusion limitations
are neglected: the oxygen partial pressure in the pores of the
coke particle is equal to the partial pressure of the oxygen in the
bulk gas flow, that is, the diffusional rate is infinitely fast
compared to the combustion rate. Reaction occurs all over the
coke particle and a texture model (Eq. 34) is needed. When the
heterogeneous model is used, the combustion reactions are
assumed to occur at the external particle surface only and Eq.
33 can be used. The oxygen partial pressure in the particle is
assumed to be zero, that is, the combustion rate is infinitely fast
compared to the diffusional rate.

Equation 47 is used with both approaches to calculate the
coke conversion. The kinetic model based on the associative
oxygen chemisorption (Eq. 45) is found to give the best fit
between experimental and calculated data. The kinetic mod-
els based on the dissociative chemisorption of oxygen and
based on the dissociative and associative chemisorption of
oxygen are rejected because significantly negative rate co-
efficients are obtained. The estimated parameter values are
given in Table 3. Note that a negative apparent activation
energy indicates that the activation energy for the desinte-
gration of the complex is larger than that of the chemisorp-
tion step.

The final parameter estimates are determined in a second
step, in which reaction and diffusion are considered using a
general model for gas–solid interactions (Figure 3), taking into
account an oxygen partial pressure concentration gradient in
the pores, that is, taking into account the correct internal mass
transport limitations. As discussed earlier, internal and external
heat transport limitations as well as external mass transport
limitations can be neglected.

A detailed modeling of the coke combustion therefore re-
quires the coupling of the texture model (Eq. 34), the reaction
kinetics (Eqs. 44–46), and a general gas–solid reaction/diffu-
sion model. When the coke particles are considered to be
spheres, the following model equations inside the coke pores
are obtained.

The continuity equations for oxygen and carbon dioxide are
as follows:





t
��s�CO2�s� �

1

rp
2





rp
�De,O2rp

2

�CO2�s


rp
�

�
�t,0�1 � �s,0�

MC
�RC�O2�s (48)





t
��s�CCO2�s� �

1

rp
2





rp
�De,CO2rp

2

�CCO2�s


rp
�

�
�t,0�1 � �s,0�

MC
�RC�O2�s (49)

A continuity equation for the coke is also required:





t
�X̂C�s�rp, t� � �RC�O2�s�rp, t� � � f�� pO2�s�rp, t�, Ts�Ct,0�

� �1 � �X̂C�s�rp, t���1 � 
 ln�1 � �X̂C�s�rp, t�� (50)

These equations are simplified by neglecting the accumulation
term in the continuity equations for oxygen and carbon dioxide
(that is, applying the pseudo-steady state approximation for the
gas phase.33,69,70

The corresponding initial and boundary conditions are

t � 0 �X̂C�s�rp, t� � 0 � rp (51)

rp � 0

�CO2�s�rp, t�


rp
� 0


�CCO2�s�rp, t�


rp
� 0 � t (52)

rp � rp,0 �CO2�s � �CO2�s
s � CO2

�CCO2�s � �CCO2�s
s � CCO2 � t (53)

The effective diffusivities of the different components in the
pores are calculated following the formula of Bosanquet71:

Table 3. Estimated Parameter Values and Corresponding 95% Confidence Intervals*

Gas–Solid
Reaction/Diffusion

Model Uniform Heterogeneous General

Kinetic model II II I or II
k1Ct0

A* (10�4 s�1 kPa�0.5) — — 4.0308 � 0.2803
Ea,1 (J mol�1) — — 121,399 � 16,185

k2

A* (kPa�0.5) — — 0.59471 � 0.0914
Ea,2 (J mol�1) — — �168,863 � 28,300

k3Ct0

A* (10�4 s�1 kPa�1) 2.0090 � 0.0407 1.9871 � 0.08281 8.5298 � 0.8378
Ea,3 (J mol�1) 65,689 � 13,646 65,705 � 14,353 135,417 � 35,125

k4

A* (kPa�1) 0.49662 � 0.0367 0.51436 � 0.04641 2.2656 � 0.2763
Ea,3 (J mol�1) �134,165 � 28,645 �129,746 � 28,134 �83,851 � 43,350


 0.76845 � 0.18706 — 0

*Experiments at all temperatures used: Tavg 	 717�C; A* 	 A exp(�E/RTavg). Kinetic models: I, dissociative O2 chemisorption; II, associative O2 chemisorption.
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�

1
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� (54)

in which, according to Dupuit’s law, the particle porosity
equals the ratio of the pores surface area to the total surface
area.33

The Knudsen diffusivity can be calculated from

Di,K �
4

3
rp�2

	

RTs

Mi
(55)

However, because most of the pores have a diameter of �500
nm, Knudsen diffusion is negligible.

The local porosity is calculated from

�s�rp, t� � �s,0 � �1 � �s,0��X̂C�s�rp, t� (56)

with the initial porosity given a value of 0.1 (see Table 1). A
typical value of 2.5 is assigned to the coke tortuosity.72

The diffusion of the component i in the mixture m is calcu-
lated based on the Stefan–Maxwell equation:

1

Di,m
�

¥j	1
n

xjNi � xiNj

Dij

Ni � xi ¥j	1
n Nj

(57)

In this equation, the binary molecular diffusivities are calcu-
lated following the relations of Fuller et al.73

The results of the parameter estimation for the kinetic model
based on dissociative oxygen adsorption (Eq. 44) and the
kinetic model based on associative oxygen adsorption (Eq. 45),
in combination with the general gas–solid reaction/diffusion
model, are presented in Table 3. For the kinetic model based on
dissociative and associative oxygen adsorption (Eq. 46) signif-
icantly negative rate constants are obtained and this model is
rejected. A further discrimination between the remaining two
models is based on the lower residual SSQ, the F-value, and the
smaller individual confidence intervals for the parameters of
the model based on dissociative oxygen chemisorption in com-
bination with the general gas–solid reaction/diffusion model.
The corresponding parity plot for the selected model is pre-
sented in Figure 7. There is a good agreement between the
experimentally observed and the model-calculated coke con-
versions over the entire range of experimental conditions. It
can be remarked (not shown) that this was not the case when
parity plots were made using the preliminary parameter esti-
mates calculated with the uniform or heterogeneous model. In
Figure 8, the calculated total combustion rate, as a function of
the oxygen partial pressure, temperature, and coke conversion,
is compared with the measured values. A good agreement is
obtained under all conditions. In Figures 9 and 10 the coke
conversion and the total combustion rate, as a function of time
and position in a coke particle, are presented. It follows from
these profiles that the limiting models for gas–solid reaction/
diffusion, that is, the uniform and the heterogeneous model,
cannot adequately describe the experimental observations.

Note that the texture parameter 
 was estimated not signif-
icantly different from zero when the general gas–solid model is

used, implying that the effect of the growth of the pores and the
overlap of the pores during the coke combustion compensate
one another, resulting in a constant internal pore surface area.

Finally, the intrinsic rate equation for process gas side coke
combustion is

RC�O2 �

1007 exp��
121,399

RT ��pO2

1 � 7.50586510�10exp�168,863

RT ��pO2

�1 � XC�

(58)

Coke gasification

For the reasons explained earlier, only two steam gasifica-
tions of process gas side coke experiments are conducted. The
operating conditions are listed in Table 4.

Texture Model. The SEM experiments show that the tex-
ture of the pores and the number of active carbon sites during
the steam gasification of coke vary with conversion in the same
way as during the coke combustion, which implies that the
texture model of Bhatia and Perlmutter,51 with a texture pa-
rameter 
 	 0, can be used for the steam gasification of coke
as well.

Kinetic Model. In the literature it is generally accepted that
the mechanism of steam gasification of coke starts with the
dissociative chemisorption of water on a free active carbon
site62,74-78:

Cfs � H2O ¢O¡
ka,d,H2O

k�a,d,H2O

C�O� � H2 (59)

Semiquinon groups are formed and hydrogen gas is released.
According to Chen et al.,63 the nature of the oxygen complexes
that are formed is equal to that of the complexes formed during
the coke combustion. In a second step, carbon oxide is formed:

C�O�O¡
ksr,d,H2O

CO � Cfs (60)

Figure 7. Parity plot for coke conversion by combustion
with kinetic model I and general gas–solid re-
action/diffusion model.
T 	 650–740°C, (pO2)0 	 2.1–9.0 kPa.

1424 AIChE JournalMay 2005 Vol. 51, No. 5



The proposed mechanism is completely analogous to that pro-
posed by Laine et al.,60 except that the chemisorption step
(reaction 59) is assumed to be reversible. From the above

reaction mechanism, the following reaction rate equation is
obtained, under the same assumptions as made for the coke
combustion mechanisms:

Figure 8. Calculated and measured total rate of coke combustion as a function of oxygen partial pressure at different
reaction temperatures and conversions.
(a) XC 	 20%, (b) XC 	 40%, (c) XC 	 60%, (d) XC 	 80%.

Figure 9. Coke conversion by combustion in the coke
particle at different reaction times.
T 	 740°C, (pO2)0 	 4.4 kPa, WC,0/(FO2)0 	 36.8 kg C0 s
mol�1.

Figure 10. Total rate of coke combustion in the coke
particle at different reaction times.
T 	 740°C, (pO2)0 	 4.4 kPa, WC,0/(FO2)0 	 36.8 kg C0 s
mol�1.
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R�C�H2O�t� �
ka,d,H2OpH2OCt�XC�

1 �
ka,d,H2O

ksr,d,H2O
pH2O �

k�a,d,H2O

ksr,d,H2O
pH2

(61)

From several kinetic studies,28,62,77,78 it was found that the
second contribution in the denominator is much smaller than 1
when operating at low total pressures, as is the case for the
experiments and for the industrial decoking of crackers. The
third term in the denominator can be omitted because negligi-
ble amounts of hydrogen gas are detected during the experi-
ments. Under those conditions the intrinsic rate of steam gas-
ification of coke is calculated from

R�C�H2O�t� � ka,d,H2OpH2OCt�XC� (62)

Other mechanisms for the steam gasification of coke at higher
pressures can be found in the literature. Because they are of no
interest for the decoking of an industrial steam cracker they are
not discussed here.

Parameter Estimation. Given that the experimental data
are gathered at a constant given partial pressure of steam and a
constant temperature (see Table 4), the pressure and tempera-
ture dependency of the steam gasification rate cannot be deter-
mined from the experimental data. In Eq. 62, the activation
energy of the kinetic rate constant is given a value of 238290
J mol�1, taken from the work of Bennet and Price.15 A uniform
gas–solid reaction/diffusion model is used because no internal
mass diffusion limitations are calculated for steam. Based on
the experimental data obtained in this work, a preexponential
factor of 4499 s�1 kPa�1 is then determined for the given
operating conditions, resulting in the following intrinsic rate
equation for gasification of the process gas side coke:

RC�H2O�t� � 4491 exp��
238,260

RT �pH2O�1 � XC� (63)

Influence of Metals

Some additional experiments are performed with tube metal
side coke. For combustion no catalytic effect is found, a phe-
nomenon attributed to the oxidized state of the metal particles
during the combustion process. For gasification an initial cat-
alytic activity of reduced Ni particles is seen. However, they
are subject to fast deactivation processes, resulting in a rapid
reduction of the steam gasification rate as a function of time.
Typical profiles are shown in Figure 11.

Conclusions

Kinetic models for the combustion of process gas side coke
and tube side coke and for the gasification of process gas side

coke are developed by quantitative modeling of a large set of
experimental results obtained in an electrobalance experimen-
tal setup, especially designed for the experimental research of
coke combustion. The combustion and gasification rate are
determined from the product of two submodels: one model
describes the change of the porous structure and the specific
number of active coke sites as a function of coke conversion,
using a texture parameter; the second model describes the
dependency on the reaction conditions such as partial pressure
and temperature.

Different reaction rate equations, based on a different chemi-
sorption mechanism of the reacting component on the active
coke sites, are evaluated for the coke combustion, in combina-
tion with different gas–solid reaction/diffusion models. For the
coke combustion a kinetic model is selected, corresponding
with a dissociative absorption of oxygen on the active coke
sites. A general gas–solid reaction/diffusion model, taking into
account diffusional limitations for the oxygen in the pores of
the coke, is required. The texture parameter was estimated to be
zero, implying that the effect of the growth of the pores and the
overlap of the pores during the coke combustion compensate
each other, resulting in a constant internal pore surface area.

For the coke gasification, the same texture model was used.
The gas–solid reaction/diffusion model is a uniform model
because no internal mass transport limitations for steam are to
be accounted for. The kinetic mechanism is based on the
dissociative chemisorption of steam on the active coke sites.
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Notation

A 	 area, m2

Ci 	 concentration of component i in bulk phase, mol mf
�3

CFi 	 calibration factor for component i
Ct 	 specific number of active coke sites, kg C�1

Ct 	 initial specific number of active coke sites, kg C0
�1

dp 	 particle diameter, mp

De,i 	 effective diffusivity of component i in pores, mf
3 mp

�1 s�1

Table 4. Experimental Conditions for Coke Gasification
Experiments

N (rpm) 9800
WC,0 (10�6 kg C0) 200
T (°C) 880
WC,0/(FH2O)0 (kg C0 s mol�1) 9.1
(pH2O)0 (kPa) 5308
F� (N � �L s) 985

Figure 11. Total rate of gasification as a function of coke
conversion by gasification: influence of metal
contents of coke.
T 	 880°C, (pO2)0 	 52.8 kPa, (pN2)0 	 50.0 kPa, (pHe)

0 	
3.8 kPa, WC,0/(FH2O)0 	 9.1 kg C0 s mol�1.
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Di,K 	 Knudsen diffusivity of component i in pores, mf
2 s�1

Di,m 	 effective molecular diffusivity of component i in multicom-
ponent mixture in pores, mf

2 s�1

Dij 	 binary molecular diffusivity, mf
2 s�1

Fi 	 molar flow rate of component i, mol s�1

Ni 	 molar flux of component i, mol mp
�2 s�1

ka,d,O2
	 elementary rate constant for dissociative chemisorption of

oxygen, kg C s�1 Pa�0.5

ka,m,O2
	 elementary rate constant for molecular chemisorption of ox-

ygen, kg C s�1 Pa�1

ksr,d,O2
	 elementary rate constant for C(O) complex disintegration, kg

C s�1

ksr,m,O2
	 elementary rate constant for C(O2) complex disintegration, kg

C s�1

L 	 characteristic particle length, mp

Lm 	 specific pores length of the coke, ms kg C�1

Mi 	 molecular mass of component i, kg mol�1

ṁi 	 mass flow rate of component i, kg s�1

Nu 	 Nusselt number
pi 	 partial pressure of component i, Pa
pt 	 total pressure, Pa
Pr 	 Prandtl number
R 	 gas constant, J mol�1 K�1

Ri 	 rate of formation/consumption of component i, mol kg C0
�1

s�1

RC�O2
	 total coke combustion rate kg C kg C0

�1 s�1

R�C�O2
	 specific coke combustion rate, kg C kg C�1 s�1

RC�H2O 	 total coke gasification rate, kg C kg C0
�1 s�1

R�C�H2O 	 specific coke gasification rate, kg C kg C�1 s�1

Re 	 Reynolds number
rp 	 particle radius, mp

S 	 selectivity
Sm 	 specific pores surface area of the coke, ms

2 kg C�1

SV 	 volumetric pores surface area of the coke, ms
2 mp

�3

Sc 	 Schmidt number
Sh 	 Sherwood number

SSQ 	 sum of squares
T 	 temperature, K
t 	 time, s

V 	 volume, m3

WC 	 mass, kg C
wi 	 weight fraction of component i
xi 	 mole fraction of component i

XC 	 coke conversion, kg C kg C0
�1

Greek letters

�s 	 porosity, mf
3 mp

�3 (in Eq. 55, mf
2 mp

�2)
�H 	 reaction enthalpy, J mol�1 K�1

�C 	 thermal conductivity of coke, J m�1 K�1 s�1

� 	 number of active coke sites per unit surface area, ms
�2


 	 tortuosity, mf mp
�1

� 	 relative position inside particle
� 	 Thiele modulus

 	 Weisz modulus
�p 	 particle density, kg C mp

�3

�t 	 coke density (without pores), kg C ms
�3


 	 texture parameter

Subscripts

a 	 chemisorption
C 	 carbon
d 	 dissociative
e 	 effective
f 	 fluid

fs 	 free site
i 	 component i

m 	 molecular
obs 	 observed (for uniform and heterogeneous shrinking core

model)
p 	 particle
r 	 reactor

ref 	 reference component

s 	 solid
t 	 total
0 	 initial value

Superscripts

s 	 surface
^ 	 calculated value
0 	 at the reactor inlet
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